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Abstract: The aim of this work is to evaluate the performance of the stirring 3D Fe/Al2O3 monolithic
reactor in batch operation applied to the liquid-phase hydroxylation of phenol by hydrogen peroxide
(H2O2). An experimental and numerical investigation was carried out at the following operating
conditions: CPHENOL,0 = 0.33 M, CH2O2,0 = 0.33 M, T = 75–95 ◦C, P = 1 atm, ω = 200–500 rpm and
WCAT ~ 1.1 g. The kinetic model described the consumption of the H2O2 by a zero-order power-law
equation, while the phenol hydroxylation and catechol and hydroquinone production by Eley–Rideal
model; the rate determining step was the reaction between the adsorbed H2O2, phenol in solution with
two active sites involved. The 3D CFD model, coupling the conservation of mass, momentum and
species together with the reaction kinetic equations, was experimentally validated. It demonstrated a
laminar flow characterized by the presence of an annular zone located inside and surrounding the
monoliths (u = 40–80 mm s−1) and a central vortex with very low velocities (u = 3.5–8 mm s−1). The
simulation study showed the increasing phenol selectivity to dihydroxybenzenes by the reaction
temperature, while the initial H2O2 concentration mainly affects the phenol conversion.

Keywords: monolithic stirrer reactors; phenol hydroxylation; dihydroxybenzenes; robocasting;
kinetic model; CFD simulation; laminar flow stirred tank

1. Introduction

Rotating reactors aim to increase the mixing efficiency and, in this way, enable the
reduction of the reactor volumes, estimated by a factor of 10–100 [1], which is of interest
for the intensification of the chemical processes [2]. Monolithic stirrer reactors (MSR) are
classical intensified reactors developed by the group of prof. Moulijn at Delft Technical
University in 1998 [3]. In these reactors, catalysts with monolithic block structures are
mounted on the stirrer shaft replacing the typical impeller blades. The concept was demon-
strated by an aqueous phase reaction, the decomposition of hydrogen peroxide (H2O2) over
manganese oxide catalyst [3] and has since then been extended to multiphase processes
(gas-liquid phase reactions) such as the selective hydrogenation of alkyne [3–5] and more
viscous systems such as the hydrogenation of edible oil over palladium catalysts [6] and the
enzyme-catalyzed reactions in organic media [7]. These studies demonstrate the potential
of the catalytic stirrer reactors over the conventional slurry reactors not only due to the
obvious operational advantages such as no need of catalyst recovery, prevent attrition of
the catalyst, lower pressure drops and intrinsically safer operations, but also because MSR
improves the conversions and selectivity as a result of the faster gas-liquid mass transfer
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rates induced by the stirring [5,8] and the larger geometrical surface areas available for
the catalysis. Moreover, the gas-liquid mass transfer rates can be modulated according to
the disposition of the monoliths in the shaft and the length of the monoliths [5,9]. More
recently, MSRs have been demonstrated to be a suitable alternative for the intensification
of selective oxidation of hydrocarbons, i.e., dihydroxybenzene production over Fe/SiC by
phenol hydroxylation with H2O2 [10] and lactobionic acid production over gold catalyst by
lactose oxidation by O2 [11], and for liquid-liquid catalytic reactions such as the alcoholysis
of urea to propylene carbonate over different mixed-metal oxides [12].

Despite the demonstrated versatility of the MSRs (applied to the manufacture of fine
and renewable chemicals and biotechnology processes at lab scale), their outstanding
performance in mass transfer limited reactions and straightforward scaling up, MSRs have
not been developed in pilot scale or industrial chemical processes so far. The studies
that tackle the economic evaluation of monolith catalytic stirrer technology agree about
the reduction of the operational costs in the MSR comparing to the conventional slurry
reactors as a consequence of the absence of the filtration step, and also the high catalyst cost
heft [6,13]. However, according to the rigorous economic assessment of Boldrini et al. [13]
applied to the production of hydrogenated vegetable oils in MSR using Pd/Al2O3 coated
monoliths, the economical profit depends on the required catalyst load and catalyst useful
life. This is in consonant to the remarks made by Moulijn et al. regarding the practical
application of the MSR at the time [14]. They pointed out that the principal bottleneck
is the synthesis of the catalyst. Research efforts should be focused on the development
of the preparation methods to introduce various coating layers and deposition of the
active catalytic species in the appropriate amount, and homogeneously distributed, on
the monolithic blocks. Apparently, this aspect has represented an economic risk for the
industries, and it has prevented the implementation of the MSR in large scales so far.

The additive manufacturing (AM), or three-dimensional (3D) printing technology,
has been parallel developed to the MSR [15] in different sectors including aerospace, aero-
nautics and defense, medicine and healthcare, construction and chemical industry [15,16].
Currently, AM is shown as an efficient and sustainable tool for manufacturing novel cata-
lysts and reactors [17–22]. In particular, the fabrication of 3D monolithic catalysts by using
inks with catalytic materials, which implies that the catalytic active phase is included in the
ink formulation, is a reality, and it has been demonstrated in liquid [23–25] and particularly
in gas phase reactions [26–28]. Therefore, the use of 3D monolithic catalysts can incentivize
the implementation of MSR technology by easily overcoming the mentioned economical
limitation found when tailored-coated monoliths were the only option.

In this line, this paper aims to provide insight into the implementation of MSR by
the integration of the 3D printed technology for the monolithic catalyst manufacturing
and computational fluid dynamic (CFD) simulation for a better understanding of the flow
and species mass transport in the stirrer reactor. To achieve this goal, the hydroxylation of
phenol by H2O2 in aqueous phase over iron 3D catalysts has been studied as a sustainable
industrial process [29]. This is a liquid-solid limited mass transfer reaction with respect
to H2O2, as has been demonstrated in our previous work disposing the 3D Fe/Al2O3
monoliths, manufactured by the Robocasting technique, in a fixed-bed configuration [30].

Herein, the kinetic model to produce dihydroxybenzenes (DHBZ) over 3D Fe/Al2O3
monolithic catalysts has been obtained and the reaction mechanism proposed. The reaction
kinetic equations for H2O2 consumption, phenol hydroxylation and catechol (CTL) and
hydroquinone (HQ) production have been coupled with the hydrodynamic in the 3D CFD
model to study the catalytic performance. The flow through and around the monoliths
has been characterized and the bulk mixing behavior in the reactor vessel analyzed. The
experimental temporal concentration profiles of the involved species are predictable, and
this has allowed the simulation of the MSR performance in a wide range of operating
conditions to optimize the DHBZ selectivity.

As far as we know, this is the first study regarding the numerical simulation of rotating
reactors to capture the catalytic performance inside. The very few existing studies into
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stirred catalytic reactors deal with stationary rotating basket reactors in which the flow rate
of the fluid through the catalyst particles is induced by a magnetic stirrer [31–34].

2. Results and Discussion
2.1. Catalytic Performance

The results obtained in the hydroxylation of phenol at different temperatures are
shown in Figure 1. The experiments were carried out at the following operating condi-
tions: initial phenol concentration (CPHENOL,0) = 0.33 M, initial phenol:H2O2 molar ratio
(CPHENOL,0:CH2O2,0) = 1:1 mol, temperature (T) = 75–95 ◦C, atmospheric pressure, stirring
speed (ω) = 250 rpm and mass of catalyst (WCAT) ~ 1.1 g. Theω = 250 rpm was selected
for a better performance (see Figure S1 of the Supporting Material to gain insight into
the influence of the ω on the MSR performance). As can be seen in Figure 1a, the initial
concentration values of H2O2 are ~0.2 M, instead of 0.33 M, this is because the H2O2 was
adsorbed on the 3D Fe/Al2O3 surface prior to the beginning of the phenol hydroxylation
reaction. The data collected in Figure 1 and used for the further kinetic study were obtained
once the chemical reaction started. Moreover, H2O2 concentration decreases linearly with
the reaction time, and this decrease is faster when reaction temperature increases. Thereby,
complete H2O2 consumption is obtained at 390, 285 and 105 min at 75, 85 and 95 ◦C, respec-
tively. Phenol is also positively affected by the temperature and, clearly, the hydroxylation
of phenol occurs slower than the H2O2 decomposition (Figure 1b). For instance, at complete
H2O2 consumption achieved at the above-mentioned reaction times, the phenol conversion
(XPHENOL) obtained is between 30 and 40% (from 31% at 75 ◦C to 38% at 95 ◦C). As a
consequence, the XPHENOL/XH2O2 ratio is low, around 1:2 at the beginning of the reaction
and can reach 1:3 from XH2O2 = 80%, particularly, at 75 ◦C (see Figure S2 of the Supporting
Material). This means that for a better use of the oxidant, it should be preferable to operate
from 85 ◦C.
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deactivation of the Fe/Al2O3 catalyst in the MFBR [30]. 

Figure 1. Experimental (symbols) and predicted (curves) temporal concentration profiles of
(a) H2O2, (b) phenol, (c) CTL and (d) HQ at different temperatures. Operating conditions:
CPHENOL,0 = CH2O2,0 = 0.33 M, WCAT = 1.1 gCAT and T = 75–95 ◦C.
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On the other hand, the DHBZ concentrations, such as the CTL and HQ concentration,
gradually increase with the course of the reaction (Figure 1c,d). Along with them, resorcinol
(RSL) and p-benzoquinone (BQ) are detected in very low concentrations (one order of
magnitude lower, see Figure S3 of the Supporting Material). BQ is in redox equilibrium
with the HQ [29], therefore both have been lumped as HQ for the further discussion and
without introducing a significant error due to the far lower production of BQ comparing to
HQ. As can be seen in Figure 1c,d, CTL is the majority product and the CTL:HQ molar ratio
is around 1.6. Consequently, the phenol selectivity to CTL (SCTL) is always higher than the
phenol selectivity to HQ (SHQ). Figure 2 shows the evolution of the selectivity and yield
with the phenol conversion. As can be observed, the selectivity to CTL and HQ increases
very fast at the beginning of the reaction, up to reach a XPHENOL 5%, and then remains
almost constant. This asymptotic value varies from 45 to 52% for SCTL (Figure 2a) and from
27% to 32% for SHQ (Figure 2b), depending on the reaction temperature. A positive influence
of the temperature is observed on the phenol selectivity to DHBZ (SDHBZ), achieving a
value of 73, 78 and 84% for 75, 85 and 95 ◦C, respectively. As a consequence, the yield to
DHBZ (YDHBZ) is eventually affected by the temperature: 20% (75 ◦C), 23% (85 ◦C) and
25% (95 ◦C).
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Figure 2. Evolution of phenol selectivity to (a) CTL, (b) HQ and (c) DHBZ, and (d) evolution of
phenol yield to DHBZ at different temperatures. Operating conditions: CPHENOL,0 = CH2O2,0 = 0.33 M,
WCAT = 1.1 gCAT and T = 75–95 ◦C.

These results point out that the overoxidation of the aromatic species to tar is less
favorable at 95 ◦C (see the temporal tar profiles in Figure S4 of the Supporting Material).
Similar finding with respect to the increasing selectivity and yield with the temperature
was observed when the hydroxylation of phenol was performance in a monolithic fixed
bed reactor (MFBR) in our previous work of Salazar et al. [30]. However, in this latter case,
SDHBZ = 100% and YDHBZ = 32% were reported at 85 ◦C while these values diminish to
SDHBZ = 75% and YDHBZ = 22% in the MSR. This means that the phenol condensation and
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overoxidation of DHBZ, both reactions accounted as tar products [29], are more favorable
in the MSR than MFBR. According to these results, to operate under the H2O2 mass
transfer control, as occurred in the MFBR, is beneficial to improve the SDHBZ in the catalytic
hydroxylation of phenol. Likely, a slower H2O2 decomposition rate allows a better use of
the HO· radical species involved in the oxidation of phenol and avoid their availability
for the further DHBZ oxidation. In addition, the low liquid volume in the reactor, as in
MFBR, is beneficial to suppress the phenol condensation and overoxidation [29]. In contrast,
the 3D Fe/Al2O3 catalyst stability is higher under the MSR operation. Fe concentrations
lower than 1 mg L−1 were obtained in the effluents after total H2O2 decomposition (0.8, 0.9
and 1 mg L−1 at 75, 85 and 95 ◦C, respectively), while the Fe leaching causes a significant
deactivation of the Fe/Al2O3 catalyst in the MFBR [30].

2.2. Kinetic Modeling

The H2O2 disappearance, phenol hydroxylation and DHBZ production rates were
obtained considering the experimental concentration vs. time data, shown in Figure 3 at 75,
85 and 95 ◦C. Attending to the temporal H2O2 concentration profiles (Figure 1a), the decom-
position of H2O2 occurs through a zero-order kinetic. This means that only a small fraction
of H2O2 is in contact to the catalyst active sites and reacts. This fraction is continually
replenished from the bulk liquid in the tank. On the contrary, a completely different kinetic
rate expressions are expected for phenol and DHBZ (Figure 1b–d). Potential equations,
Langmuir–Hinshelwood–Hougen–Watson (LHHW) and Eley–Rideal (ER) kinetics were
considered, and eventually, the following kinetic model was the best-fit equations found:

(
−rH2O2

)( molH2O2

gCAT·min

)
= kH2O2 (1)

(−rPHENOL)

(
molPHENOL

gCAT·min

)
=

kPHENOLCH2O2CPHENOL(
1 + KCH2O2

)2 (2)

(rCTL)

(
molCTL

gCAT·min

)
=

kCTLCH2O2CPHENOL(
1 + KCH2O2

)2 (3)

(rHQ)

(
molHQ

gCAT·min

)
=

kHQCH2O2CPHENOL(
1 + KCH2O2

)2 (4)
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According to this, phenol hydroxylation and CTL and HQ production occur according
to an ER kinetic model with a second order in the denominator. This means that the phenol
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hydroxylation requires two active sites, the first for hydrogen peroxide adsorption and
likely, the second for phenol interaction.

The obtained kinetic parameters at each reaction temperature are summarized in Table 1.
The kinetic rate constants for H2O2 (kH2O2 , in molj gCAT

−1 min−1) increase with the temper-
ature and follows the Arrhenius equation (see Figure S5 of the Supporting Material). The
activation energy for the H2O2 decomposition is 57.6 kJ mol−1. However, the kinetic rate con-
stant for phenol (kPHENOL, in L2 mol−1 min−1 gCAT

−1) decreases with the temperature which
suggests that each rate constant does not correspond to one elementary reaction, but they are
apparent rate constants that involve a lumping of elementary reactions, as it will be further
demonstrated during the elucidation of the reaction mechanisms. The kinetic rate constant
for CTL and HQ (kCTL and kHQ+BQ in L2 mol−1 min−1 gCAT

−1) remains almost invariable
with the temperature (Table 1). These values were fairly coincident to those calculated as
kCTL = SCTL·kPHENOL and kHQ = SHQ·kPHENOL. Therefore, the kCTL/kHQ+BQ value is also
around 1.7. Finally, the kinetic parameter (K) that includes the H2O2 adsorption constant was
maintained with the same value as that estimated for phenol.

Table 1. Apparent kinetic parameter values for phenol hydroxylation by H2O2 over 3D 1 wt.%. 3D
Fe/Al2O3 monoliths.

Compound Rate Equations * and Kinetic Parameter Values

T = 75 ◦C T = 85 ◦C T = 95 ◦C

H2O2 (−rH2O2 ) = kH2O2

kH2O2 (mol min−1 gCAT
−1) 1.8·10−2 ± 3.8·10−3 2.8·10−2 ± 8.3·10−3 5.9·10−2 ± 2.5·10−3

PHENOL (−rPHENOL) =
kPHENOL CPHENOL CH2O2

(1+ K CH2O2 )
2

kPHENOL (L2 mol−1 min−1 gCAT
−1) 3.95 ± 1.51 3.40 ± 1.54 2.98 ± 0.98

K (L mol−1) 23.1 ± 6.4 13.9 ± 5.4 5.5 ± 2.2

CATECHOL rCTL =
kCTL CPHENOL CH2O2

(1+ K CH2O2 )
2

kCTL (L2 mol−1 min−1 gCAT
−1) 2.06 ± 0.78 1.72 ± 0.81 1.75 ± 0.58

K (L mol−1) 23.1 ± 6.4 13.9 ± 5.4 5.5 ± 2.2

HYDROQUINONE rHQ+BQ =
kHQ CPHENOL CH2O2

(1+ K CH2O2 )
2

kHQ (L2 mol−1 min−1 gCAT
−1) 1.16 ± 0.45 1.03 ± 0.49 1.04 ± 0.35

K (L mol−1) 23.1 ± 6.4 13.9 ± 5.4 5.5 ± 2.2

* Rates in mol gCAT
−1 h−1 and concentration in mol L−1

The validation of the kinetic model can be confirmed by the coincidence between
the experimental (in symbols) and predicted (in lines) concentration profiles, provided in
Figure 1. Deviations lower than 8% were obtained (see the parity plot in Figure 3a).

2.3. Reaction Mechanism

Attending to the rate equations constituting the kinetic model (Equations (1)–(4)), it
is proposed that the phenol hydroxylation by H2O2 over 3D 1 wt.% Fe/Al2O3 monoliths
takes place as follows: first, H2O2 is adsorbed on the Fe active sites, Equation (5). Then,
the adsorbed molecule of H2O2 needs a neighboring free catalytic site that interacts with
phenol. The H2O2 decomposes on the Fe active site into a hydroxyl radical (HO·) and a
hydroxyl group (HO−), both remain adsorbed on the catalyst. The HO·species immediately
reacts with the phenol molecule that is interacting in a proximal catalytic site, giving rise
to the dihydroxybenzene that is released into the water, while leaving a proton on the
surface. Each ionic species, OH− and H+, remains separately adsorbed in each active
sites, Equation (6). The catalytic sites are regenerated by the desorption of these species,
Equations (7) and (8). This mechanism can be expressed according to the next steps:
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H2O2+S
r1⇔ S−H2O2 (5)

H2O2 − S + S + PHENOL
r2→ DHBZ + S−HO− + S−H+ (6)

S−HO−
r3⇔ S + HO− (7)

S−H+ r4⇔ S + H+ (8)

The following reaction rates can describe each individual step:

r1 = k1 CH2O2 CS − k−1 CS−H2O2 (9)

r2 = k2 CS−H2O2 CSCPHENOL (10)

r3 = k3 CS−HO− − k−3 CS CHO− (11)

r4 = k4 CS−H+ − k−4 CS CH+ (12)

Cs, CS-H2O2 , CS-HO− and CS-H+, represent the number of sites that are vacant, or occupied
by H2O2, HO− and H+ species, respectively. It is considered that the reaction takes place on
identical active sites at the surface, active Fe centers [30]. The conservation of the number of
active sites leads to the following site balance expression: L = CS + CS-H2O2 + CS-HO− + CS-H+
where L is the total concentration of active sites.

Only by assuming as the rate determining step the surface reaction, Equation (6), is
possible to obtain the ER kinetic model for phenol hydroxylation:

(−rPHENOL) = (r2) = k2 CS−H2O2 CS CPHENOL (13)

The concentration of CS−H2O2 and CS is obtained applying the hypothesis of the steady-
state for the adsorption equilibrium and with the total mass balance of the active sites:

r1 = k1 CH2O2 CS − k−1 CS−H2O2 = 0 (14)

r3 = k3 CS−HO− − k−3 CS CHO− = 0 (15)

r4 = k4 CS−H+ − k−4 CS CH+ = 0 (16)

CL= CS + CS−H2O2 + CS−HO− CS−H+ (17)

From Equation (14), the concentration of adsorbed H2O2 species is:

CS−H2O2 =
k1

k−1
CH2O2 CS (18)

and from Equations (14)–(17), the concentration of the free active sites is:

CS =
CL(

1 + k1
k−1

CH2O2 +
k−3
k3

CHO− +
k−4
k4

CH+

) (19)

substituting both Equations (18) and (19) in Equation (13), considering that the concen-
tration of active sites, CL, is constant, and assuming that, the CHO− and CH+ are also
constant in the reaction media, since water is used as unique solvent, the predicted phenol
hydroxylation reaction rate results in the empirical predicted Equation (2):

(−rPHENOL) =
kPHENOLCH2O2CPHENOL(

1 + KCH2O2

)2 (20)
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where kPHENOL and K are apparent constants that lumped ratios of constants of the indi-
vidual steps involved (Equations (5)–(8)), which explains why kPHENOL and K do not show
an exponential dependence with the reaction temperature:

kPHENOL =
k2

k1
k−1

L2(
1 + k−3

k3
CHO− +

k−4
k4

CH+

)2 (21)

K =
k1

k−1

(
1 + k−3

k3
CHO− +

k−4
k4

CH+

) (22)

The substitution of the kinetic constants of each elementary reaction involved in
Equations (21) and (22) by the Arrhenius equation will result in an expression that relates
the kPHENOL and K with the reaction temperature, providing by this way a mechanistic
kinetic model for the phenol hydroxylation over 3D Fe/Al2O3 catalysts. This more rigorous
kinetic modeling approach would work in a wider range of operating conditions, especially
the reaction temperature, in order to provide more data for a more accurate fitting of the
rate equations that now would contain more parameters. This approach is out of the scope
of this work.

2.4. CFD Modeling and Simulation

A 3D CFD model that couples the hydrodynamic of the MSR, the mass transfer of
the involved species and the kinetic equations of the catalytic reactions has been devel-
oped to further simulate the MSR performance upon the phenol hydroxylation over 3D
Fe/Al2O3 catalysts. This study will allow to investigate variables that are difficult to mea-
sure experimentally, such as the velocity through and around the monoliths, the amount of
flow passing through the monoliths and besides, to select the most appropriate operating
conditions for the reaction, in particular regarding the dosage of H2O2, the most critical
variable for the phenol selectivity to DHBZ [35–37].

The hydrodynamic study of the MSR, that includes the effect of the stirring speed on
the catalytic performance along with the liquid flow pattern, was validated by using the
experimental results obtained in a homogeneous catalytic reaction with the aim of assuring
the absence of mass transfer limitation. The reaction selected was the Fenton reaction, which
consists of the decomposition of H2O2 in the presence of Fe2+ species, introduced as a FeCl2
salt in the reaction media. In this set of experiments, monoliths made from a polylactic acid
(PLA) with the same geometry and dimensions than the 3D Fe/Al2O3 structures were used
as blades to mimic the fluid dynamic conditions of the hydroxylation reaction. Further
details are provided in the Materials and Methods Section.

2.4.1. Validation of the Laminar Flow

The flow induced by the rotating monoliths in the MSR is modeled using a laminar
flow. This flow regime was assumed because the space between the monolith blades
and the tank wall in the lab reactor is very low and no baffles were used [38,39]. In fact,
the impeller-to-vessel diameter ratio, D/T, was 0.62, which is within the laminar flow
(0.6 ≤ D/T ≤ 1) [38]. This laminar flow in the mixing performance needs to be validated
prior to the CFD modeling of the MSR for the hydroxylation of phenol. For this, the Fenton
reaction was performed at CH2O2,0 = 14.7 mM, CFe

2+ = 0.178 mM, T = 25 ◦C and pH0 = 3
(adjusted with HCl) in the MSR, under differentω values, ranged from 100 to 500 rpm, and
using the PLA monoliths.

The CFD modeling for this reaction consisted of the Equations (32)–(34) set at the
Materials and Methods Section (with their corresponding boundary conditions) coupled to
the following mass transport of H2O2 in the liquid phase:

∂CH2O2

∂t
+∇·

(
−DH2O2∇CH2O2

)
+ u·∇CH2O2 = kH2O2, FENTON·CH2O2 (23)
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where kH2O2, FENTON = 0.0083 min−1 at 25 ◦C was obtained in a magnetic stirring flask
reactor. The calculated H2O2 concentrations inside the tank (calculated as the mean concen-
tration of the total volume) upon 140 min of reaction are similar as those experimentally
measured when the stirring velocities are below 500 rpm, with deviations lower than 10%.
The parity plot is given in Figure S6 of the Supporting Material. This means that the mixing
in the MSR underω < 500 rpm occurs in the laminar flow regime. The best reproduction
of the experimental data was obtained atω = 250 rpm; consequently, this was the stirring
speed selected for the hydroxylation reactions.

The numerical investigation of the MSR for phenol hydroxylation was carrying out
by coupling the Navier-stokes equations for the laminar flow and incompressible fluids
(Equations (33) and (34)) to the species mass transport (Equations (35)–(37), set at the
Materials and Methods Section) for phenol, H2O2, CTL and HQ and including the kinetic
model equations (Equations (1)–(4)). The resulting concentrations for each species at dif-
ferent reaction times (obtained as the mean concentration of the total volume) have been
compared with the experimental results in the parity plot of Figure 3b. Deviation as high as
10% are observed, thus the CFD model proposed to simulate the performance of the MSR
can be considered valid.

2.4.2. Velocity and Mass Transport Analysis

In the liquid velocity field of the MSR, two zones can be highlighted, as seen in
Figure 4. An annular zone located inside and surrounding the monoliths, corresponding
to the maximum flow velocity (u = 40–80 mm s−1), Figure 4a, and a vortex with very low
velocities (u = 3.5–8 mm s−1) in the center of the tank, Figure 4b. This vortex is typically
displaced in laminar flows [38], and it is caused because the monoliths in rotation induce
an axial flow by moving the fluid from the top to the bottom of the tank passing through
the monolithic blades, as can be seen in Figure 5a.
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Regarding the tangential flow, Figure 5b–d illustrates the tangential velocity on three
horizontal plans, inter monoliths (z = 65 mm, Figure 5b), upper monolith level (z = 90 mm,
Figure 5c) and lower monolith level (z = 30 mm, Figure 5d). As can be seen, the velocity is
maximum at the level of the impeller (Figure 5b). Inside the monolith, the velocity can be
as high as 70 mm·s−1 and it can reach a value of 55 mm·s−1 at the exit of the monoliths.
Between the monolithic blades, the fluid velocity decreases up to ~25 mm·s−1, and at radial
positions between the blade tip and the wall, the velocity decrease to ~5 mm s−1, because
this fluid is not in contact to the monoliths, and it is not subjected to their drag force. Above
(Figure 5c) and below (Figure 5d) the stirrer, the fluid velocity is ~18 mm·s−1, and now the
tangential velocity is lower in the center than at the walls. This is due to the existence of
the vortex in the center. The radial velocity profiles at different axial positions, provided in
Figure S7 of the Supporting Material, support the above results.
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Regarding to the reactant and product mass transport inside the MSR, H2O2 and
phenol concentration gradients were not detected and for CTL and HQ, the homogeneity
was observed after a few minutes of reaction, despite the laminar flow regimen, Figure S8
of the Supporting Material shows the concentration fields in the reactor at different reaction
times. This is because all the species involved in the reaction—phenol, H2O2, CTL and
HQ—are soluble in water solvent, and they rapidly diffuse thanks to the mixing. This
behavior explains why the H2O2 decomposition rate is constant with the reaction time (or
follows a zero-order kinetic). The fraction of H2O2 in contact to the monoliths is low (only
a 12.5% of the liquid of the tank) and as it disappears it is instantaneously replaced from
the bulk where the concentration is the same in the whole volume.

2.4.3. Catalytic Performance Simulation

A numerical investigation using the 3D CFD model has been carried out to study the
influence of the initial phenol:H2O2 molar ratio on the phenol hydroxylation performance.
Phenol and H2O2 conversion, selectivity and yield to DHBZ have been calculated in the
MSR reactor after 95 min of reaction at different reaction temperatures and by fixing
CPHENOL,0 or CH2O2,0 at 0.33 M and modifying the corresponding reactant from 0.66 to
0.15 M. The results obtained at 95 ◦C are collected in Figure 6. This temperature has been
selected because the simulation and the experimental data (Figure 2) clearly show a positive
influence of the temperature on the phenol selectivity to DHBZ.

As can be seen in Figure 6, the XH2O2 is the most affected variable by the initial
phenol:H2O2 molar ratio, and consequently the XPHENOL. An excess of H2O2 (Figure 6a),
leads to a low consumption of H2O2 which implies also low phenol conversions. This
can be explained by the accumulation of HO· species in the media which are recombined
into H2O2 [40,41]. When moderate CH2O2,0 is employed closed to a 1:1 mol ratio, or even
in defect with respect to stoichiometric amount of phenol (Figure 6b), the HO· radicals
are more efficiently used and the XH2O2 significantly increases up to 100%, also XPHENOL
enhances to 30%. The SCTL and SHQ remains in all cases close to 50% and 30%, respectively.
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Figure 6. Effect of the initial concentration of (a) H2O2 and (b) phenol on the catalytic performance at
t = 95 min, WCAT = 1.1 gCAT and T = 95 ◦C. Results calculated by the CFD model.

On the contrary, the temperature instead of the initial reactant concentration, it was
the most influenced variable on the SCTL and SHQ. Figure 7 illustrates the temperature
influence at a lower reaction time (90 min), when the highest values for phenol selectivity
were calculated by the CFD. This could be as high as 98% when the reaction temperature
increases to 100 ◦C. The YDHBZ values are also more affected by the temperature than the
initial reactant concentrations since the selectivity increment by the temperature is higher
than the phenol conversion increment by the initial phenol:H2O2 molar ratio. At 100 ◦C,
the YDBHZ can be as high as 40%.
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These results reveal that in the hydroxylation of phenol over 3D Fe/Al2O3 catalysts
performed in MSR, the oxidant dose is determinant for the H2O2 and phenol conversion,
but the phenol selectivity to DHBZ is ruled out by the reaction temperature.

3. Materials and Methods
3.1. Robocasted 3D Fe/Al2O3 Monoliths

One wt.% Fe/Al2O3 honeycomb monoliths with square cell geometry and intercon-
nected channels (~4.4 mm in height and ~13.5 mm in diameter) were additive manufactured
by Robocasting (RoboCAD 4.0, 3-D Inks LLC). The details of the ink formulation and the
printing process are described in elsewhere [30]. Briefly, the printable ink contained 48 wt.%
of ultrapure water (67 vol.%), 25.5 wt.% of boehmite and 13 wt.% of Fe-BTC nanopow-
ders, consisted of trimesic acid-Fe based metal organic framework (MOF) with a weight
ratio of 20:1. The procedure of the MOF nanopowders synthesis is fully described else-
where [42]. The CAD scaffolds were printed in air onto flat alumina substrates using
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a custom three-axis robocasting system (A-3200, 3-D Inks LLC), a X-Y table speed of
10 mm·s−1, and nozzle tips with an inner diameter of 330 µm (Precision Tips; Nordson
EFD Inc., East Providence, RI, USA).

The as-printed 3D boehmite/MOF structures were heat treated at 450 ◦C in air for 1 h
using heating and cooling rates of 5 ◦C·min−1 to remove the trimesic acid-based organic
links and give rise 3D monoliths containing a Fe network of dispersed clusters (≤5 µm),
nanoclusters (<50 nm) and nanoparticles (~20 nm) into the porous γ-Al2O3 skeleton.

Figure 8a,b shows a real photograph of a fresh cylindrical monolith, the orange color evi-
dences the presence of the iron nanoparticles. It has an open channel length of dopen = 0.66 mm
and a wall channel thickness of δwall = 0.13 mm. Figure 8c shows a representative image of
the fracture surface where the retention of the 3D architecture is clearly visible and Figure 8d
shows the Fe nanoparticles observed by transmission electron microscopy (TEM).
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Other physical properties of these monoliths are: specific surface area (SBET) of
112 m2·g−1, apparent density (ρp) of 0.95 ± 0.07 g cm−3, open total (εtotal) and wall (εwall)
porosities of 72.5% and 18.2%, respectively, and a cell density of 72 cells·cm2. The mass of
each monolith (W) is ~0.26 g. Regarding to the active catalytic phase, electrodeficient Fe
species, viz. Fe3+ and Fe2+, were identified by XPS with a with a Fe3+:Fe2+ atomic surface
ratio of 63:37 in our previous work [30]. The formation of Fe2O3 and FeO was a consequence
of the elimination of the organic linkers and the oxidation of iron nanoparticles during the
thermal process.

3.2. Phenol Hydroxylation Reaction

The phenol hydroxylation experiments were carried out batch-wise in the MSR shown
in Figure 9. The double-jacketed glass reactor with 1 L of capacity had an internal diameter
(T) of 100 mm while the stirrer diameter (D) measured 62 mm from tip to tip. The stirrer
shaft (of 262 mm) was constructed in glass to hold a hollow cylindrical blade at 65 mm the
shaft at each side where the monolith blocks were located (two monoliths in each blade).

In a typical experiment, the reactor was filled with 650 mL of 0.33 M phenol solution
and preheating under 250 rpm. While the desired reaction temperature was reached (mea-
sured by a thermometer submerge in the liquid), 100 mL of an adjusted concentration of
H2O2 (33 wt.%) was feeding by a piston pump at 1 mL min−1 (Gilson 307 HPLC). The ki-
netic study was carried out at the following operating conditions: CPHENOL,0 = 0.33 M,
CPHENOL,0:CH2O2,0 = 1:1 mol, T = 75–95 ◦C, atmospheric pressure, ω = 250 rpm and
WCAT ~ 1.1 g. The reactions were performed under isothermal conditions.
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On the other hand, the conversion (X) of reactants, denoted by i: phenol or H2O2,
and the phenol selectivity (S) to the identified products, j: CTL, HQ, resorcinol (RSL) or
p-benzoquinone (BQ) were calculated as follows:

Xi(%) =
Ci,0 −Ci,t

Ci,0
·100 (24)

Si(%) =
Ci

CPHENOL,0·XPHENOL
·100 (25)

Yi(%) = Si·XPHENOL·100 (26)

The selectivity to the undesired product, such as tar, was calculated as:

STAR(%) = 100−∑ Sj(%) (27)

All the concentrations (C) are expressed on mole basis. The subscripts 0 and t stand
for initial and a given reaction time, respectively.

Samples of reaction mixture were taken periodically, and the concentration of phenol
and the oxidized species quantified by high performance liquid chromatography (Ultimate
3000, Thermo Scientific, Restek Corporation, Bellefonte, PA, USA) with a C18 5 µm column
150 × 4.6 mm, 4 mM H2SO4 as mobile phase and DAD detector at wavelengths of 210
and 246 nm. H2O2 concentration was obtained by colorimetric titration TiOSO4 method
(UV2100 Shimadzu UV-vis spectrophotometer). The content of Fe in solution was measured
by TXRF (S2 PicoFox Bruker, GmbH, Berlin, Germany).

3.3. Fenton Reaction

Fenton reaction is the decomposition of H2O2 by Fe2+ in acidic conditions. This
reaction was selected as target reaction, due to straightforward monitoring, because only
H2O2 needs to be quantified in order to study the influence of the stirring speed in the
MSR, to select the appropriate mesh for the CFD investigation and also to validate the
flow pattern at the selected stirring speed. For that, Fenton rection was carried out in
the MSR at the following conditions: CH2O2,0 = 14.7 mM, CFe

2+ = 0.178 mM (from FeCl2
salt), T = 25 ◦C, pH0 = 3 (adjusted with HCl) andω = 100–500 rpm. Inert monoliths made
from a polylactic acid (PLA) filament (PRUSA i3 MK3S+ printer) with the same geometry
and dimensions than the 3D Fe/Al2O3 structures, were used as blades to mimic the fluid
dynamic conditions of the hydroxylation reaction.

In addition, the Fenton reaction was also carried out in a magnetic stirring flask reactor
at the same operating conditions as in the MSR but without the PLA monoliths to the aim
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of obtaining the kinetic constant of the H2O2 decomposition rate (kH2O2, FENTON) required
in the CFD study.

3.4. Kinetic Modeling

The mass balance of the reactant (i) in the batch MSR under isothermal conditions can
be expressed as:

− dCi

dt
= (−ri)·CCAT (28)

where the reaction rate of i reactant is in moli gCAT
−1 min−1 and CCAT is the catalyst

concentration in the reactor in gCAT L−1.
Analogously, the mass balance of the j product is:

dCj

dt
= rj·CCAT (29)

where the production rate of j product is expressed in molj gCAT
−1 min−1.

Therefore, the reaction rates can be expressed, respectively, as:

(−ri) = −
dCi

CCAT·dt
(30)

rj =
dCj

CCAT·dt
(31)

The numerical integration of the rate equations in the MSR was solved by using the
OriginLab 2017 with the initial conditions: CPHENOL = CPHENOL,0, CH2O2 = CH2O2,0 and
CCTL,0 = CHQ,0 = CBQ,0 = 0 at CCAT = 1.5 gcat L−1. For solving the differential equations,
the classical fourth-order Runge–Kutta method was used in conjunction with Levenberg–
Marquardt algorithm for chi-square (χ2) minimization, which is obtained by dividing the
residual sum of squares (RSS) by the degrees of freedom. The model discrimination was
based on statistical analysis, considering the minimum RSS value and the coefficient of
determination (R2) closer to one, and also taking into account the physical meaning of the
estimated parameters. Equations (30) and (31) were solved at each temperature.

3.5. CFD Modeling

CFD is applied to predict the flow distribution and mixing performance and to in-
vestigate the catalytic performance of the MSR in the DHBZ production by the phenol
hydroxylation reaction with H2O2 over 3D Fe/Al2O3 monoliths. It can be assumed that the
reactor operates under isothermal conditions, since the temperature of the bulk liquid does
not change upon reaction. Then, the heat transfer would not have an appreciable effect on
the reactor performance and, consequently, it has not been considering in this numerical
study. Software COMSOL Multiphysics v5.5 (COMSOL Inc., Burlington, MA, USA) was
used to perform the 3D multiscale modeling. This commercial software is based on the
finite element method for the discretization of the domains to solve the model equations.

3.5.1. Geometry and Meshing

The digital MSR geometry was designed in the COMSOL Multiphysics v5.5 builder.
The dimension of the tank and monolithic blades were identical to the lab reactor. The
double jacket for the heating system has been omitted since the reactor operates under
isothermal conditions. To avoid very long computational times, it was considered that
the pair of monoliths placed in each impeller blade of the shaft constitutes a single block,
and the block was included in the simulation as a porous material with a matrix porosity
equivalent to the open total porosity of the monoliths (εtotal = 72%).

The Moving Mesh feature was selected to study the displacement of the fluid caused by
the impeller rotation. For that, the fluid in the tank was defined as the deforming domain, and
the Yeoh model was selected for the smoothing displacements of the mesh nodes inside the
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bulk of the fluid [43]. Meanwhile, the monoliths were defined as the rotating domain working
under a fixed stirring velocity (w) with the following rotation angle (α):

α = α0 + 2πω t (32)

where α0 is the initial angle (rad) fixed at zero and t the reaction time in seconds.
A mesh refinement process was carried out with 6 different sizes of pre-defined

tetrahedral meshes (ranged from extra-fine to very-coarse) to acquire the optimum grid
mesh to give a good balance between accuracy and computational time. The Fenton
reaction was the target reaction for this study (CH2O2,0 = 13 mM, CFe

2+ = 0.178 mM (from
FeCl2 salt), T = 25 ◦C, pH0 = 3 and ω = 250 rpm). The mean H2O2 concentration in the
vessel domain calculated at different reaction times were compared to the experimental
data to evaluate the convergence of the solution with respect to grid mesh used. The normal
size was eventually selected resulting in 2 × 104 elements for the monoliths and 2 × 105 for
the fluid. Complete information about the results of the meshing process is provided in
Figure S9 of the Supplementary Material.

3.5.2. Governing Equations and Boundary Conditions

The flow in the tank domain is described with the continuity equation (mass conserva-
tion) and the Navier–Stokes equation (momentum conservation) for laminar flow:

∂ρ

∂t
+∇·(ρ·u) = 0 (33)

ρ
∂u
∂t

+ ρ(u·∇)u = ∇·
[
−ρI + µ

(
∇u + (∇u)T

)
− 2

3
µ(∇·u)I

]
+ F (34)

where the Nabla operator (∇) represents the first order spatial derivatives, ρ (SI units:
kg m−3) is the mass density, u (m s−1) is the velocity vector, µ (kg m−1 s−1) is the fluid
viscosity, p (Pa) is the pressure, I is the identity tensor and F represents the external forces
applied to the fluid.

These equations are complemented with the following boundary conditions: at the
walls inside the monoliths, the slip condition is employed: u·n = utr·n, where utr is the
translational velocity equal to 0; the system pressure has been established as atmospheric
pressure p = p0 = 1 atm; symmetry has been imposed on the top of the tank as it is an open
contour n·u = 0.

The major species in the liquid phase is water (the solvent). Therefore, the transport
of diluted species can be considered along with the physical properties of the water. The
convection-diffusion balance equation for the species i in the fluid is:

∂ci

∂t
+∇·(−Di∇ci) + u·∇ci = 0 (35)

and the diffusion-reaction balance equation for the species i inside the porous monoliths is:

∂(εtotal·ci)

∂t
+

∂(ρ·Cp,i)

∂t
+∇(−Di,e∇ci) + u·∇ci = Ri (36)

where Cp,i is the concentration inside the monoliths (mol L−1), Di (m2 s−1) is the diffusion
coefficient of the species in the aqueous phase and Di,e (m2 s−1) is the effective diffusion
coefficient of the species inside the monoliths. The latter is calculated from the molecular
diffusion considering the properties of the porous monolithic catalyst:

Di,e = Di·
εtotal
τwall

(37)

where the wall tortuosity (τwall) is set as 1.2 typical for monolithic catalysts. Ri is the
reaction rate of reactant or product in mol m−3 s−1.
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4. Conclusions

This work exemplifies how 3D printed technology for the monolithic catalyst manufac-
turing and CFD simulation for fluid dynamic and chemical process understanding can be
integrated to boost the implementation of MSR, for instance, in the industrial demanding
liquid-phase oxidation reactions by H2O2.

The use of the stirrer with a large diameter due to the presence of the monolith blades
favors the presence of a laminar flow in the stirrer tank, as demonstrated by CFD. This is an
advantage for the operational cost-effectiveness of the process, since this makes it possible
to operate at low stirring speeds without concentration gradients when an appropriate
solvent, such as water for the hydroxylation of phenol, is used. Moreover, CFD allows to
determine the fluid velocity inside the monolith blades and their surroundings, which can
be as high as 70 mm·s−1 and 55 mm·s−1, respectively, atω = 250 rpm.

Only 12.5% of the liquid volume of the tank is in contact to the monoliths. Despite
this, the concentration of the H2O2 on the monoliths surface is continuously replaced from
the bulk and the H2O2 decomposition follows a zero-order kinetic equation. The oxidative
reactive species on the monoliths react with phenol in solution. The CTL and HQ are
produced according to a phenol selectivity and yield to DBHZ as high as 84 and 25%,
respectively, with a CTL:HQ = 1.6 mol.

Finally, it is demonstrated that the sustainable production of DHBZ can be efficiently
carried out in MSR reactors, with SDHBZ = 98% and YDHBZ = 40%, over 3D 1 wt.% Fe/Al2O3
monolithic catalyst at a phenol:H2O2 = 1 mol and at temperatures around 100 ◦C.

Supplementary Materials: The following are available online at https://www.mdpi.com/article/
10.3390/catal12020112/s1, Figure S1: effect of the stirring speed on the initial reaction rate of the
H2O2 decomposition in the Fenton reaction, Figure S2: efficiency in the consumption of H2O2 in the
hydroxylation of phenol by H2O2 over 3D Fe/Al2O3 catalysts, Figure S3: experimental concentration
profiles of BQ and RSL at different temperatures, Figure S4: experimental concentration profiles of tar
at different temperatures, Figure S5: dependence of kH2O2 with the reaction temperature, Figure S6:
parity plot of experimental and calculated concentrations by CFD assuming laminar flow for the
Fenton reaction carried out at different stirring speed, Figure S7: axial and radial velocity profiles
at different radios and axial positions, Figure S8: three-dimensional profiles of the concentration
isosurface of CTL and HQ during the hydroxylation of phenol by H2O2, Figure S9: mesh sensitivity
analysis in COMSOL Multiphysics® for the MSR.
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